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a  b s  t  r  a  c  t

This paper presents the different process schemes used for known NGL recovery methods with respect to their

economic performance. The original turbo-expander (ISS) was considered as base case plant. The GSP, CRR and RSV

process schemes focus on improvement at the top of the demethanizer column. The IPSI-1 and IPSI-2 schemes focus

on  the bottom of the demethanizer column. All the process schemes were initially built using Aspen HYSYS with a

common set of operating criteria. Numerous simulation runs were made by taking various typical feed compositions

classified as lean and rich. The economic assessment for each process scheme was later made by considering the

capital cost, operating cost and profitability analysis. Results showed that the IPSI-1 process scheme gives the best

economic performance with lowest TAC and payback time compared to the other process schemes. On the other

hand, the RSV process gives higher TAC and payback time compared to others.
© 2013 The Institution of Chemical Engineers. Published by Elsevier B.V. All rights reserved.
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1.  Introduction

Technology trends in gas processing industries have emerged
since early 1900s. During those times, heavier hydrocarbons
from natural gas streams are removed by compression and
cooling methods. A number of changes have been made after
that to improve the process efficiency that contributes to the
incentive for high recovery of the desired products from the
plant, such as refrigerated oil-absorption (Lee et al., 1999).
However, a major leap in gas processing industries was the
introduction of a turbo-expander design, which is also known
as an Industry-Standard Single-stage (ISS) process scheme.
This process scheme has certain limitations in terms of oper-
ational flexibility and overall recovery performance (Rahaman
et al., 2004). The carbon dioxide freezing problem in the
demethanizer column was another issue associated with the

turbo-expander process scheme (Lynch et al., 2002). Due to
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these and many  other factors, a number of various process
scheme options have been evolved and are available in public
domain. Among these, only few of them are licensed under
the U.S. Patent. The most known ones are those which are
developed by Ortloff and IPSI Companies. The gas sub-cooled
(GSP), cold residue (CRR) and Recycle vapor-split (RSV) are all
owned by Orloff Company. The enhanced NGL recovery pro-
cesses (IPSI-1 and IPSI-2) belong to IPSI Company.

The GSP process scheme was developed by Campbell
and Wilkinson (1981) as an improvement to the ISS process
scheme. This process scheme uses a split-vapor feed as a
reflux to the rectification section of the demethanizer column.
Accordingly, the portion of the feed gas is first condensed and
sub-cooled before it is flashed and introduced as a top liq-
uid feed reflux to the demethanizer column. The cold liquid
reflux liquid will condense and absorb ethane and propane
rising up through the column and thereby allow higher recov-
cepted 24 January 2013

ery. The other advantage of the cold reflux liquid stream is
that it can significantly reduce the risk of carbon dioxide solid

neers. Published by Elsevier B.V. All rights reserved.

http://www.sciencedirect.com/science/journal/02638762
www.elsevier.com/locate/cherd
mailto:mynlee@yu.ac.kr
dx.doi.org/10.1016/j.cherd.2013.01.015


chemical engineering research and design 9 1 ( 2 0 1 3 ) 1272–1283 1273

f
c
t
B
r

d
r
p
t
c
c
a
i
t
c
o
a
h
a
n

(
r
d
h
s
b
u
b
s
o
e
p
b
t
t
t

o
U
p
e
p
s
a
t
l
r
h

2
e
c
e
c
t
s
o
f

f
c
a

ormation. This is done by warming up the temperature of the
old separator, which in turn enhance the temperature inside
he column to minimize the carbon dioxide freezing problem.
y using this process scheme, more  than 95% ethane can be
ecovered (Rahaman et al., 2004).

The CRR process scheme was introduced in the original
esign of GSP by Campbell et al. (1989) to improve ethane
ecovery efficiency. In this process scheme, an additional com-
ressor has been incorporated to boost a portion of the cold
ower overhead. The portion of the overhead stream is then
ondensed and sub-cooled by split-vapor feed, flashed to
olumn pressure and fed as reflux at the top of the demeth-
nizer column. The reflux stream in the CRR process scheme
mproves the rectifying section by allowing a clean separation
o recover high ethane or propane compared to the GSP pro-
ess scheme. As a result, ethane or propane recovery in excess
f 99 percent can be produced using this scheme (Wilkinson
nd Hudson, 1992). Even if the CRR process scheme gives a
igher ethane or propane recovery with smaller recycle flow
nd less compression requirement, the capital cost for the
ewly added cryogenic compressor may be expensive.

The RSV process scheme developed by Campbell et al.
1996) was another alternative process scheme for high NGL
ecovery. In this process scheme, a recycle stream is with-
rawn from the demethanizer column overhead after it
as been warmed and compressed. The compressed recycle
tream is later cooled sufficiently to make it more  condensed
efore it is supplied as a top feed to the demethanizer col-
mn. The reflux stream in the RSV process scheme is driven
y the residue gas compressors and hence a separate compres-
or for the recycle stream is not needed. One of the advantages
f the RSV process scheme is its ability to switch easily for
thane recovery and ethane rejection operation as market
rice changes. In addition, it can also be operated in GSP mode
y disallowing the reflux flow. Compared to GSP design, both
he CRR and RSV have a better CO2 tolerance than GSP as
he demethanizer column can operate at higher pressure with
hese process schemes (Pitman et al., 1998).

All the GSP, CRR and RSV process schemes mainly focus
n improving the reflux stream to the demethanizer column.
nlike these process schemes, an enhanced NGL recovery
rocess (IPSI-1) introduced by Yao et al. (1999) gives process
nhancement at the bottom of the demethanizer column. This
rocess scheme uses a self-refrigeration system by taking a
lip-stream from the bottom of the tower as a mixed refriger-
nt to cool the inlet feed. As a result, it can significantly reduce
he need for propane refrigeration. However, it has also certain
imitations as the plant capacity increases and the feed gets
icher, it may require additional refrigeration to maintain a
igh NGL recovery level.

The internal refrigeration for enhanced NGL recovery (IPSI-
), introduced recently by Lee et al. (2007), is another process
nhancement that focuses on the bottom of the demethanizer
olumn. This process scheme consists of an open cycle refrig-
rant withdrawn from the demethanizer column and a closed
ycle refrigerant derived from the open cycle refrigeration sys-
em. The open-cycle loop is similar to the self-refrigeration
ystem in the IPSI-1. The advantage of IPSI-2 process scheme
ver the IPSI-1 is that the closed-cycle loop can avoid the need
or external refrigeration especially for very rich feeds.

Almost there is no published works in the academic area
or comparing the performance of the aforementioned pro-

ess schemes. However, there are few technical papers which
re presented on the annual convention of gas processors
association. These technical papers discuss and compare for
two or three process schemes only. Moreover, the comparison
is limited on the operating performance, such as operational
flexibility, carbon dioxide tolerance and reduction of refrig-
eration, without incorporating a detailed economic study.
The important factors that drive process selection in gas
processing industries are capital and operating cost, process
efficiency, environmental and safety regulations (Khorsand
and Maleki, 2012). The selection of the optimum process
scheme depends on the condition and composition of the inlet
gas, cost of utilities, product specifications and relative prod-
uct values (Lee et al., 1999). The condition for feed composition
is very important because it mainly determines what kind
of process configuration should be employed for recovering
NGLs (Jibril et al., 2006). It is also considered as a basic require-
ment for the performance test of a particular process scheme
whether it can accommodate a range of feed compositions
which vary from time to time. Such variation effect has also
a significant impact on the economics of NGL recovery plants
(Mehrpooya et al., 2010).

In this work, various feed compositions were considered
and characterized under the basic classifications of lean and
rich feeds. The original turbo-expander process scheme (ISS)
is taken as a base case plant. The GSP, CRR, RSV, IPSI-1 and
IPSI-2 schemes were selected for this study as representative
NGL recovery processes based on their commercial availability
and wide application at the industry level. In addition, some of
these process schemes are considered as a future forefront for
the coming generation (Lee et al., 1999). HYSYS (ASPEN HYSYS,
2009) simulations were made initially for all of the process
schemes by setting common operating parameters in order
to compare the performance of each process scheme. Later, a
detail economic analysis is made by considering the respective
capital and operating costs as well as the profitability of each
process schemes.

2.  HYSYS  process  models

HYSYS process models were developed for the selected pro-
cess schemes (ISS, GSP, CRR, RSV, IPSI-1 and IPSI-2). The
process models were initially built based on the original oper-
ating conditions (T & P) that are labeled in the respective US
Patent papers. The process description of each process scheme
is presented below.

2.1.  Turbo-expander  (ISS)

The ISS turbo-expander process scheme was considered as the
base case and is shown in Fig. 1. After the feed stream 1 pre-
treated and cleaned, it is then divided into two parts: where
40% of the feed stream goes into stream 2 and the remaining
60% into 3. Stream 2 is then cooled in heat exchanger E-100
using residue gas stream 19, which originates from the top
of the demethanizer column (T-100). Stream 3 is first cooled
in heat exchanger E-101 using bottom stream 23, and fur-
ther cooled in E-102 by pump-around stream PA2′ from the
demethanizer column (T-100).

Streams 5 and 6 are then mixed into stream 7, which later
divided into two parts: where 70% going into stream 8 and
the remaining 30% into stream 9. Stream 8 is cooled via E-
103 by residue gas stream 17. Stream 9 is then cooled (E-104)

by pump-around stream PA1′ from the side of the demetha-
nizer column. Streams 10 and 11 are mixed before stream 12
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Fig. 1 – The original turbo-e

is flashed (V-100) into vapor stream 13 and liquid stream 14.
The vapor stream 13 enters the turbo-expander (K-100) which
efficiently generates refrigeration by extracting the potential
heat energy from the gas stream. This could help to cool the
gas stream substantially before it is introduced as top feed
stream 16 into the demethanizer column.

The extracted energy from K-100 is converted into mechan-
ical energy to run the shaft to the booster compressor (K-101).
The liquid stream 14 from V-100 is expanded using an expan-
sion valve (VLV-100) to a tower pressure. The stream 15 and
the pump-around streams PA1 and PA2 together with stream
16 are all fed into the column, where residual methane is
stripped from the condensate. The top product stream 17 from
the demethanizer column, after it is used to cool the inlet gas
stream 8, is partially compressed in K-101 before it is sent to
the sales gas recompression unit K-102.

The recompressor K-102 is driven by a supplemental power
source and recompresses the residue gas stream 21 suffi-
ciently to meet pipeline requirements. Stream 22 is then
cooled (C-100) to a certain temperature and pressure accord-
ing to the specifications of the pipeline requirement, and the
resulting sales gas is then available to the market. The bot-
tom product stream 18 from the demethanizer column is
pumped (P-100) and used to cool the inlet gas stream 3. The
NGL product stream is then available either for sale or further
fractionation steps.

2.2.  Gas  sub-cooled  process  (GSP)

The GSP process scheme is shown in Fig. 2. Most of the struc-
ture of the process is similar to the one discussed in the base
case (ISS) plant. The main difference from the ISS scheme
begins after stream 12. Accordingly, stream 12 is flashed (V-
100) into vapor stream 13 and liquid stream 14. The liquid

stream 14 is cooled in heat exchanger E-105 and expanded
(VLV-100) before it is flashed again in V-101. The flashed stream
nder process scheme (ISS).

18 is then introduced as a top feed to the demethanizer column
T-100. Unlike to the ISS scheme, stream 19 from the turbo-
expander enters at the middle of the demethanizer column.

The amount of the desired ethane recovery produced in the
demethanizer column is related to the top column tempera-
ture at any given operating pressure. When the temperature
profile at the top of the demethanizer becomes lower, the
ethane components become less volatile, and hence a greater
amount of ethane can be recovered at the bottom. However,
due to the low temperature profile requirement at the top of
the demethanizer column, problems with carbon dioxide icing
can sometimes occur. This can be mitigated by flashing stream
16 in the new flash drum V-101. The split stream 18 can then
sufficiently warm the column and minimize the risk of carbon
dioxide freezing.

The GSP process scheme can also significantly reduce the
entrainment of ethane components, which is simply vented
out with the top product stream 17 in the ISS scheme. Since the
demethanizer is actually operating as a stripping column with
no rectification step, there is a considerable amount of ethane
components that goes out with the top product stream 17 in
ISS process scheme. However, by introducing the new separa-
tor V-101, the ethane components and heavier hydrocarbons
are first stripped in V-101 before being introduced into the
demethanizer column T-100. The resulting stream 18, when it
contacts with the rising vapor in the column, can significantly
absorb the ethane components from the vapor and enhance
the recovery level.

2.3.  Cold  residue  gas-recycle  (CRR)

The CRR process scheme is shown in Fig. 3. In this process
scheme, the difference from ISS can be seen as stream 5 and 4
mix  and pass through a series of heat exchangers (E-102 & E-

103) for further cooling before the resulting stream 8 is flashed
(V-100) to streams 9 and 10. The vapor stream 9 is split into two:
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Fig. 2 – The sub-cooled process (GSP) scheme.
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here stream 11 is directly sent to the turbo-expander (K-100)
or further chilling and thereby the resulting stream 13 is fed
nto the demethanizer column (T-100).

The other vapor stream 12 is mixed with a liquid stream
0 from V-100. The mixed stream 14 is first cooled in heat
xchanger E-104 by a partial residue gas stream 20 and later
xpanded (VLV-100) and further cooled (E-105) before it enters
s feed stream 17 to T-100. The top product stream 18 from T-
00 is divided into two: where a portion of the vapor product
tream 19 is first compressed (K-103) and later cooled (E-105)

nd expanded (VLV-101) before it is introduced as a top feed
tream 23 to T-100.

Fig. 3 – The cold residue gas-rec
This process scheme can recover ethane components bet-
ter than the GSP scheme. The split stream 18 in Fig. 2, which
was initially used as a column top reflux feed, reduces the
power recovered in expander K-100. However, it also corre-
spondingly increases the residue compression horsepower
requirement of K-102. The other option to increase ethane
recovery is to lower the demethanizer operating pressure.
However, this also increases the residue compression horse-
power. A possible way to improve ethane recovery is by
creating a leaner top reflux stream. The presence of a new

compressor K-103 in the CRR scheme provides an ethane-
free top reflux where it contacts the remaining small ethane

ycle (CRR) process scheme.
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components in the up-flowing vapor and retains them as a
down-flowing liquid.

2.4.  Recycle  split-vapor  (RSV)

The RSV process scheme is shown in Fig. 4. The RSV scheme
is somehow similar to the CRR scheme. The basic difference
begins when the top product stream 18 from the demethanizer
column (T-100) splits into two streams 20 and 21. Stream 21 is
used to cool the partial salesgas stream 34, which first must
pass through a series of heat exchangers E-105 and E-106. The
resulting stream 36 is then expanded and supplied as a top
feed stream 37 to T-100. Stream 20 is used to cool the mixed
stream 13, which is also expanded (VLV-100) and supplied as
a second feed stream 16 to T-100.

The RSV process scheme essentially matches the recov-
ery level of the CRR process scheme. However, unlike the CRR
scheme, the RSV scheme is capable of recycling a portion of the
demethanizer overhead stream to make a leaner top tower (T-
100) feed without passing through any compression step. This
overcomes the vapor–liquid equilibrium effect that limits the
recovery potential. The RSV process scheme reduces the cap-
ital cost investment of the plant in the absence of additional
compression (Hudson et al., 2001).

2.5.  Enhanced  NGL  recovery  process  (IPSI-1)

The IPSI-1 process scheme is shown in Fig. 5. The IPSI-1
enhancement package focuses on improvements at the bot-
tom of the demethanizer column (T-100). The improvement at
the bottom of T-100 is made using the pump-around streams
PA′, PA1′ and PA2′ as well as the product stream 25. Among
these, the most significant improvement was made by using
the pump-around stream PA2′. Accordingly, the pump-around
stream PA2′ is divided into streams 30 and 31. Stream 31 is
expanded (VLV-105) to reduce its pressure and used for cooling

the feed stream 6 before it flashed (V-100) into two phases. The
flashed liquid stream 35, containing heavier hydrocarbons,

Fig. 4 – The recycle split-vapo
is first pumped to be mixed with the bottom stream 25, which
later becomes an NGL product stream. However, the flashed
vapor stream 34, which mainly contains ethane and propane,
will be compressed (K-103) and later divided into two  streams
38 and 39. Stream 39 is cooled (C-101) and mixed with the
expanded stream 41. On the other hand, stream 32 from
pump-around stream PA2′ is first used to cool the feed stream
5 and later mixed with stream 43 before it is finally supplied
as stripping gas feed PA2 to the demethanizer column (T-100).

The stripping gas stream PA2 can significantly reduce the
overall energy requirement of the reboiler. As stream PA2 gets
warmer, the reboiler duty lessens. Due to the high concentra-
tion of ethane and propane in the stripping gas stream PA2, the
temperature of the demethanizer column reduces and makes
heat integration easier. In addition, the lower temperature
inside the column also permits the use of more  feed gas to
provide reboiler duties and minimizes external refrigeration
(Bai et al., 2006). Furthermore, the stripping gas stream PA2
also increases the relative volatility of the key components
inside the column by increasing the critical pressure, which
gives more  efficient separation and increases NGL recovery.

2.6.  Internal  refrigeration  for  enhanced  NGL  recovery
process  (IPSI-2)

The IPSI-2 enhancement package is the latest improvement
focused on the bottom of the demethanizer column as shown
in Fig. 6. Similar to the IPSI-1, the most improvement for this
process scheme is made by using the pump-around stream
PA2′. Accordingly, the pump-around stream PA2′ is taken from
the side of the demethanizer column (T-100) and is first used
to cool (E-101) the inlet gas stream 3. It is later expanded into
stream 23 to further cool (E-102) stream 5 before it is flashed
(V-101) into vapor stream 25 and liquid stream 26. The vapor
stream 25 is compressed (K-103) and condensed (C-101) before
it is again flashed (V-102) into streams 29 and 30. The liq-

uid stream 26 from V-101 is pumped (P-100), and stream 32
is mixed (MIX-102) together with the flashed streams 31. The

r (RSV) process scheme.
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esulting mixed stream is then fed to the demethanizer col-
mn  as pump-around feed PA2.

This process scheme uses a self-refrigeration system that
onsists of open and closed cycles. Stream 23 is considered
n open cycle refrigerant. The vapor stream 25 and the liquid
tream 26 from V-101 return to T-100 as enhancement vapor,

hich consists of the open self-refrigeration cycle. The closed

Fig. 6 – Internal refrigeration for enhanced 
ery process scheme (IPSI-1).

self-refrigeration system consists of the condensed stream
28 after it has been flashed (V-102) into streams 29 and 30.
The mixed stream 31 is combined with liquid stream 32 for
use in refrigeration. The open refrigeration cycle reduces the
requirement for external refrigeration and at the same time
maximizes the provision to the reboiler duty requirement. The

closed refrigeration cycle provides additional refrigeration by

NGL recovery process scheme (IPSI-2).
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Table 2 – Common process key parameters taken for
comparison.

Feed flow (kg mol/h) 5000
Plant inlet gas pressure (psia) 1040
Plant inlet gas temperature (◦F) 120
Salesgas outlet pressure (psia) 730
Salesgas outlet temperature (◦F) 120
Product specification (C1/C2 ratio) 0.02
Theoretical trays including reboiler 41
Compressor/Expander/pump

efficiency (%)
75

Demethanizer top stage pressure
(psia)

334

Demethanizer bottom stage
pressure (psia)

337

Pressure drop across the heat
exchangers, shell and tube sides
(psi)

10
avoiding the need for external refrigeration (Mehrpooya et al.,
2010).

3.  Feed  composition  and  operating
conditions

3.1.  Feed  composition

The feed composition is a very vital factor that affects the NGL
recovery. Since the feed normally originates from upstream
plants, there is a continuous variation of feed composition
which increases the instability of the plant (Fleshman et al.,
2005). There also exists a seasonal variation of the feed com-
position, with leaner feed gas mostly occurring during cooler
months, and richer gas in the warmer month. In order to study
the different feed composition types, eight typical feeds are
adapted from Jibril et al. (2006) and are shown in Table 1. The
feeds are arranged in increasing order hydrocarbon contents,
from C5+ content to heavier hydrocarbons.

The first five feeds (1–5) are classified as lean feeds, while
the remaining three feeds (6–8) are taken as rich feeds. The
classification for lean and rich feeds is merely based on the
contents of C2 or C3 components. If the C2 content is less than
10% or the C3 content less than 4%, the feed is considered a
lean feed; otherwise it is taken as a rich feed. Feed 5 is closer to
the lean feed property than rich feed even though it does not
fulfill the above requirement. This is due to the contents of N2

and CO2 which make up the largest component in Feed 5. The
feeds which contain the smallest N2 content (N2 = 0) are feeds
1 and 8. Similarly, those feeds which contain the smallest CO2

content (CO2 = 0) are feeds 1, 3 and 8.

3.2.  Operating  conditions

The main step toward a good comparison for the different NGL
recovery methods is to assess the details of the simulation for
each process scheme (Lynch et al., 2007). Due to the presence
of the new additional equipment introduced, it may not be
possible to have an exact comparison among the processes.
However, by tabulating some of the main operating data, it is
possible to identify those key process parameters that have a
significant effect on the overall plant performance.

In real plant operation, there exists a different recovery per-

formance even when one particular process scheme is used
only. For example, two process engineers can come up with

Table 1 – Typical feed composition in mole percent (mol%).

Components Feed 1 Feed 2 Feed 3 Fee

C1 0.9717 0.8457 0.8400 0.80
C2 0.0189 0.0820 0.0760 0.06
C3 0.0029 0.0340 0.0200 0.02
iC4 0.0013 0.0058 0.0000 0.00
C4 0.0012 0.0086 0.0000 0.00
iC5 0.0007 0.0028 0.0070 0.00
C5 0.0005 0.0021 0.0000 0.00
C6 0.0004 0.0018 0.0030 0.00
C7 0.0024 0.0012 0.0000 0.00
C8 0.0000 0.0005 0.0000 0.00
C9 0.0000 0.0004 0.0000 0.00
C10 0.0000 0.0005 0.0000 0.00
N2 0.0000 0.0055 0.0540 0.06
CO2 0.0000 0.0091 0.0000 0.01
Total 1.0000 1.0000 1.0000 1.00
Property fluid package Peng Robinson

different ethane recovery values using an identical GSP pro-
cess scheme. This is due to the difference in the flow rate of the
top reflux stream or the use of side heaters and so on. Hence,
fixing certain operating conditions for the different process
schemes is very important to have a fair comparison. Thus,
each process scheme has to satisfy the specified common
criteria to assess the performance. The key process operating
parameters used for comparison are shown in Table 2.

The feed flow rate, temperature and pressure are all kept
constant for the eight feeds types as shown in Table 1 so
that the effect of feed composition variation can be evalu-
ated. The feed gas pressure has a direct effect on the expander
horse power. A high pressure inlet gas stream generates a
high expander horsepower, which correspondingly increases
the booster pressure to rise. The temperature and pressure of
the salesgas product for the entire process scheme is also the
same to maintain pipeline requirements.

There are also other factors, such as the nitrogen, carbon
dioxide and heavier hydrocarbon contents that can signifi-
cantly affect the pipeline requirement. The nitrogen content
in the feed affects the salesgas product by reducing the BTU
content which can result to the product to be unsellable. The
presence of carbon dioxide in the salesgas can also affect the
heating value of the product. If the salesgas product produced
is used for co-production in an LNG plant, the carbon dioxide

concentration in the salesgas should not exceed 0.4 percent to
avoid freezing in the liquefaction process (Cellar et al., 2002).

d 4 Feed 5 Feed 6 Feed 7 Feed 8

34 0.7260 0.6507 0.6539 0.5952
93 0.0494 0.1050 0.0504 0.0536
59 0.0176 0.0497 0.0297 0.0471
43 0.0038 0.0095 0.0090 0.0203
73 0.0067 0.0187 0.0172 0.0239
18 0.0031 0.0077 0.0085 0.0180
15 0.0031 0.0078 0.0084 0.0161
16 0.0046 0.0125 0.0160 0.0260
17 0.0167 0.0149 0.0214 0.1998
18 0.0000 0.0156 0.0243 0.0000
19 0.0000 0.0108 0.0194 0.0000
05 0.0000 0.0352 0.0652 0.0000
19 0.1325 0.0349 0.0464 0.0000
71 0.0365 0.0270 0.0302 0.0000
00 1.0000 1.0000 1.0000 1.0000
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Fig. 7 – Feed energy requirement as heavier hydrocarbons
he salesgas product leaving the NGL recovery plant should
ot contain significant quantities of heavier hydrocarbons to
revent solid formation in the LNG exchangers and cool-down
ections.

The other important key process parameter is the NGL
roduct specification C1/C2 ratio. If this ratio is not kept prop-
rly, it has a significant effect on the amount of C2+ product
NGL) produced from the demethanizer column. In addition, it
s also related to carbon dioxide icing problem in the demetha-
izer column. This is due to the fact that the relative volatility
f carbon dioxide falls between methane and ethane, a high
thane recovery in a typical NGL plant may result in a higher
arbon dioxide concentration in the NGL product (Lynch et al.,
003). Hence, the resulting NGL product would exceed the
ipeline specification of 6 mole percent. Operating the plant

n such a manner may also demand additional inlet gas or
roduct treating, which is very costly. Due to this, it is impor-
ant not to let the C1/C2 ratio exceed the specified limit (0.02),
hich is usually set in practice.

The compressor/expander efficiency is another key pro-
ess parameter which can affect the performance of the plant.
he compressor/expander normally follows the basic ther-
odynamic principles. Between design and post-design, the

fficiency yields are different. If we  consider the residue com-
ressor, its suction pressure is limited to a certain limit. At

 high end of the design basis range, the residue compres-
or may not reach pipeline delivery pressure. The operating
oint of the expander also affects ethane recovery. Usually,
he expander operating point stays fairly constant at a lower
ow rate with a warmer inlet temperature. If the pressure
atio changes across the expander, the expander nozzles and
heels will be too small to handle the flow rate. This will
ecessitate that the expander bypass valve remains opened.
he bypass gas around the expander then reduces the booster
ompressor horsepower and warms up the top feed to the
emethanizer, resulting in lower ethane recovery (Lynch and
ernandez, 1996).

The demethanizer pressure also has other important key
arameters as it determines the performance of the column.
asically, the demethanizer design pressure is about 350 psia,
nd the usual operating pressure is shown below in Table 2. As
he column pressure increases, the temperature profile inside
he column also increases, which makes heat integration more
ifficult. This is due to the fact that the high column pressure
educes the expansion ratio across the turbo-expander and
onsequently raises the temperature profile in the column.
t has also a direct effect on the recompression horsepower
equirement. Accordingly, the horse power requirement in the
ecompression step can be reduced by increasing the column
ressure. However, as the operating pressure reaches a crit-

cal pressure (approximately 400 psia), the separation again
ecomes more  difficult. As a result, the NGL recovery has to
e sacrificed (Bai et al., 2006).

The pressure drop across heat exchangers especially has a
irect effect on the pumping cost. Keeping the pressure drop
s low as possible can reduce the pumping cost. In addition,
hen a fluid enters to the heat exchanger with higher flow

ates, the overall heat transfer coefficient (U value) increases.
his also results in a higher pressure drop across the heat
xchanger and thereby increases the pumping cost. The other
ffect of the pressure drop is on the capital cost of the heat
xchangers. Two heat exchangers each having respective pres-

ure drops of 20 psia and 5 psia do not have the same capital
ost. A heat exchanger with the 5 psia pressure drop will have
content increases.

to be much larger and more  expensive than the one with a
20 psia drop (Lynch et al., 2007). The temperature approach for
the heat exchangers is another factor that needs to be con-
sidered. Normally, large heat exchangers can help to reduce
the power requirement at a given recovery level. However,
this is limited to a certain temperature approach. Otherwise, a
point of diminishing returns may be reached where increasing
exchanger size only adds cost without high recovery.

The Peng–Robinson equation of state is used for all of
the process schemes for its proven prediction capability of
vapor–liquid equilibrium, especially for hydrocarbon mix-
tures.

4.  Variation  of  feed  composition  and
economic  analysis

The different types of feeds shown in Table 1 have been tested
by employing numerous simulation runs for each process
scheme (ISS, GSP, CRR, RSV, IPSI-1 and IPSI-2). It is obvious that
due to the variation of feed composition, there is a change in
the economy of the plant. Moreover, the additional equipment
introduced for that particular process scheme has to be con-
sidered with regard to the corresponding capital and operating
cost of the plant. These are discussed in the following section.

4.1.  Effect  of  feed  composition  variation

The feed energy for each process scheme is shown in Fig. 7.
It can be observed from the figure that the feed energy is the
same for a particular feed regardless of the different process
schemes applied. The feed energy is obtained by multiplying
the enthalpy of the feed and its flow rate. However, the feed
flow rate is constant for all the feeds as shown in Table 2.
The difference in the feed energy for the eight feed types
arises from the variation of the feed compositions, which in
turn changes the values of the enthalpy. The feeds are then
cooled with appropriate heat exchange provided by the turbo-
expander or external energy sources.

The demethanizer reboiler and salesgas compressor are
the major energy consuming units in NGL recovery. The energy
consumption of the demethanizer reboiler, as the heavier
hydrocarbon content in the feed increases, is shown in Fig. 8.
The leaner feeds generally give lower duty than those of the
rich feeds (feed 6–8). This is due to the presence of high
heavier hydrocarbons (C5+) components in the rich feeds.

Hence, mechanical refrigeration primarily consists of a pure
propane refrigerant is mostly used as an external refrigeration
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Fig. 8 – Energy consumed by the demethanizer reboiler.

source especially for GSP, CRR and RSV process schemes. In
addition, a mixed refrigerant and cascade refrigeration cycle
may also be used depending on the process requirement. The
importance of using propane refrigerant as external source
is to maintain a low temperature profile in the demethanizer
column by reducing the steam requirement for the reboiler.

Referring to Fig. 8, the IPSI-1 process scheme has relatively
lower reboiler duty for the lean feeds (1–5) compared to the
GSP, CRR and RSV processes. This is mainly due to the advan-
tage of the self-refrigeration system, which can efficiently
reduce energy for such feeds. Even for the rich feeds 6 and
7, the IPSI-1 process scheme has lower reboiler duty. However,
for very rich feed 8, which requires significant refrigeration,
the IPSI-2 process scheme gives a lower reboiler duty than
IPSI-1. One of the limitations of the IPSI-1 process scheme
was that whenever a large amount of external refrigeration
is needed, the open cycle self refrigeration system cannot
provide the required amount. However, the improved self-
refrigeration system (closed loop cycle) of the IPSI-2 scheme
helps to reduce this limitation. Accordingly, the IPSI-2 process
scheme lowers the temperature in the demethanizer column
and improves the heat integration to cool the rich feed gas
through the reboiler. This reduces external heating and refrig-
eration requirements. In addition, it also reduces the need for
external reboiler heat and hence saves both steam and refrig-
eration usage.

The sales gas compression requirement is shown in Fig. 9.
The leaner feeds generally give a higher compression duty
than those of the rich feeds. In most of the cases, the RSV
process scheme shows the highest compression requirement
among the other process schemes. The increase in the horse-

power is due to the larger recycle stream that is required for
high ethane recovery. The top reflux feed to the demethanizer
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Fig. 9 – Sales gas recompression heat duty requirement.
normally contains relatively very little C2 components and
heavier hydrocarbons. In order to absorb the corresponding
equilibrium quantities of C2 components and heavier hydro-
carbon in the rising vapor, the reflux stream introduced to the
top of the column has to be large enough to condense those
components. This by itself requires high power consumption
as it can be seen from Fig. 9.

In order to reduce the high recompression horsepower
related to RSV, one option is to raise the operating pressure
of the demethanizer column. However, this will only reduce
the recompression horse power until the pressure reaches
a critical stage. If the pressure exceeds the critical value,
the separation efficiency will decrease and ethane recovery
will suffer. The other option is to increase the expander and
booster compressor efficiency to reduce the high recompres-
sion requirement. In addition, decreasing the pressure drop
across the heat exchangers also helps to reduce the recom-
pression power.

The NGL product produced from all the process schemes
is shown in Fig. 10. It is important to note that the IPSI-1
process scheme gives higher NGL recovery among all the pro-
cess schemes, especially for the rich feeds (6–8). This is partly
because the stripping gas stream PA2 mainly contains ethane
and propane, which efficiently absorb the equilibrium ethane
and propane components inside the demethanizer column.
The remaining heavier hydrocarbon flashed stream is directly
combined with the bottom NGL product stream. In the IPSI-
2, the flashed stream 31 from the closed loop cycle has to be
combined with the stripping gas stream 32 and introduced
to the demethanizer. In this case, the ethane and propane
components might not sufficiently absorb the correspond-
ing equilibrium components inside the column. However, in
terms of reducing external refrigeration requirement for very
rich feeds, the IPSI-2 process scheme has proved its reliability.

Consider the leanest feed 1 and richest feed 8. Both feeds
have no nitrogen and carbon dioxide content (N2 = 0 and
CO2 = 0). This is also an advantage for the IPSI-1 process
scheme to recover higher NGL product. This can be justified
by taking the rich feeds 6 and 7. For these feeds, the IPSI-1
process scheme shows higher NGL recovery than the other
process schemes. Normally, these two feeds have a certain
amount of nitrogen and carbon dioxide content as shown in
Table 1. Normally, when the carbon dioxide content in the
feed drops to 0.5%, then the ethane recovery increases (Lynch
et al., 2005). From Table 1, the carbon dioxide content for feed
6 and 7 is below 0.5%. Since the stripping gas stream in the

IPSI-1 process scheme contains high ethane and propane, it
can still reject some of the carbon dioxide with the flashed
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Fig. 11 – Total annualized capital cost evaluated.
eavier hydrocarbon stream to directly combine with the NGL
roduct. This will also enhance the NGL recovery since the
arbon dioxide is no longer introduced with the stripping gas
n the column. However, for the IPSI-2 case, the NGL recovery
as reduced compared to IPSI-1 since the stripping gas from

he open cycle has to be combined with the flashed heavier
ydrocarbon stream in the closed cycle. The combined stream,
hich also contains carbon dioxide, is then introduced in the

olumn. As a result, it will have an effect on the NGL recovery.
The efficiency of each process scheme is shown in

ppendix A-1. The efficiency here refers to the amount of
nergy consumed by demethanizer reboiler (T-100) per unit of
GL product produced. Similarly, the amount of energy con-

umed by sales gas compressor (K-102) per unit of sales gas
roduced is also shown there. In addition, the total duty of
oth demethanizer reboiler and sales gas compressor per unit
f total product produced has been shown in Appendix A-1.

.2.  Capital  cost  estimation

he capital cost is estimated by considering the major equip-
ent in the simulation. The process units involved in the

apital cost estimation include: heat exchangers, demetha-
izer column, compressors/expander, vessels and pumps. In
rder to perform the sizing calculation, it is important to find

nformation about the flowrate, temperature, pressure and
eat duty from the material and energy balance. This can
e obtained from HYSYS simulation for each process scheme.
he sizing calculation later determines the capacities needed

or the cost correlations. The summary for the number of
he equipments involved in each process scheme is shown in
ppendix A-1.

It is known that the heat exchanger cost depends on the
otal heat transfer area. The different process schemes may
ave different specifications for the heat exchangers. The
verall heat transfer coefficient (U-value) should be consid-
red carefully during the sizing of heat exchanger. Finding the
-value is usually difficult and requires data at the prelimi-
ary stages of the design. For this work, a typical U-value of
62.5 W/m2 ◦C is taken from the literature Biegler et al. (1997).
he heat exchanger duties and other data are obtained from
YSYS simulation. The heat exchanger surface area is then
asily calculated for cost estimation. To size the demethanizer
olumn, it requires finding the height, diameter and number
f trays in the tray stack. The diameter of the column is calcu-

ated based on the assumption that the column runs at 80% of
ooding velocity. The details of the calculation can be referred

rom Biegler et al. (1997). In addition, our research cluster team
as also reported a detailed analysis on estimating the capital
ost of a distillation column (Long and Lee, 2012).

Sizing of the compressors/expander and pumps rely on
ower consumption. A centrifugal compressor is chosen for
izing as it has relatively high capacity with low compres-
ion ratio. The pumps are sized based on centrifugal types
y considering the material and pressure factors. For the ves-
els, the sizing is performed based on a five minute hold up
r retention time (Biegler et al., 1997). The liquid flow rate

eaving the bottom of the vessel is obtained from the HYSYS
imulation.

The capital cost estimation is made using a Bare-module
ost technique, which is the most commonly used for pre-
iminary cost estimates (Turton et al., 2003; Chebbi et al.,

010). The bare module cost actually represents the sum of
irect and indirect cost of a plant. The direct costs include
equipment, material and labor. The indirect costs include the
freight, overhead, Engineering and others. The cost module
is evaluated based on the current Chemical Engineering
Plant and Cost Index (CEPCI = 593.1). A detailed cost analysis
has been made for each process scheme. The data used to
estimate the capital cost is shown in the Appendix A-2.

Capital cost estimation can be expressed on an annual
basis by assuming the capital has been borrowed over a fixed
period of time, which is usually between 5 and 10 years at
a fixed rate of interest. The formula used to calculate annual-
ized capital cost can be found in Smith (1995). The annualizing
factor used for the capital cost is assumed on a 5% interest
rate over a 10 year period. The total annualized capital cost
evaluated for each process scheme is shown in Fig. 11. The
IPSI-1 process scheme shows lower capital cost for the feed
types used during the simulation. The RSV process scheme
has higher capital cost compared to other process schemes.
This is due to the high horsepower requirement, which in turn
increases the cost of the compressor.

4.3.  Operating  cost  estimation

Unlike the capital cost estimation, the operating cost may not
correlate with a standard cost index, such as CEPCI. Calculat-
ing the utility cost is often complicated as it depends both on
the inflation and energy costs. This will result for the prices
of utilities and energy costs to vary erratically (Ulrich and
Vasudevan, 2006). Furthermore, utility costs such as electric-
ity, steam and thermal fluids are directly influenced by the cost
of fuel. Hence, it is usually difficult to calculate the exact val-
ues of those utilities (Turton et al., 2003). Appendix A-3 shows
the prices for the average values of utilities obtained from lit-
eratures. The aforementioned feed variation effect also has a
major impact on the operating cost of the plant. Steam and
electricity are the main utilities used for this study. The low
pressure (LP) steam was selected based on the operating tem-
perature range of the reboiler in the simulation. The electricity
is used for the compressors, pumps and air-coolers.

The total annual operating cost evaluated for each process
scheme is shown in Fig. 12. Accordingly, the rich feeds with
heavier hydrocarbon components show a higher operating
cost. This is due to the refrigeration cost required to condense
the heavier hydrocarbons and to achieve an acceptable sepa-
ration level. In most cases, the IPSI-1 process scheme shows
relatively lower operating cost compared to GSP, CRR, RSV and
IPSI-2. This is due to the advantage of the self-refrigeration

system applied to IPSI-1 which significantly saves on
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Fig. 12 – Total annual operating cost evaluated.

refrigeration costs for normal rich feeds. For very rich feeds,
the need for external refrigeration may be required, and this
time the IPSI-2 has a relatively better advantage compared
to IPSI-1. On the other hand, the RSV process scheme shows
higher operating cost than any of the process schemes. This
cost is mainly contributed by the salesgas compression duty
as discussed in the aforementioned section. In order to see
the efficiency of each process scheme, the annual operating
cost per unit of NGL product produced has been depicted in
Appendix A-1.

4.4.  Total  annualized  cost  (TAC)

The total annualized cost (TAC) is the sum of the annualized
capital cost and operating cost. The higher capital and oper-
ating cost seen on the RSV process scheme will also lead to
a higher TAC value compared to the other process schemes.
The higher TAC value is the result of the salesgas compression
unit which simultaneously requires higher operating cost due

to compression and the capital cost expenditure associated
with it. The IPSI-1 has the lowest TAC value compared to the

Table 3 – Profitability analysis for the different process scheme.

ISS GSP CRR 

Total annualized capital cost ($)
Lean feed 737,537 790,812 815,975 

Rich feed 837,850 918,241 902,605 

Total annual operating cost ($)
Lean feed 1,433,227 1,440,697 1,684,50
Rich feed 4,907,276 5,272,607 5,999,53

Sales gas product revenue ($/year)
Lean feed 64,075,454 63,817,423 67,269,1
Rich feed 51,428,826 51,919,072 53,916,6

NGL product revenue ($/year)
Lean feed 8,291,994 8,672,281 3,585,05
Rich feed 26,944,069 26,220,147 23,272,9

Gross profit ($/year)
Lean feed 70,934,221 71,049,008 69,169,6
Rich feed 73,465,618 72,866,612 71,190,0

Net profit ($/year)
Lean feed 49,653,955 49,734,305 48,418,7
Rich feed 51,425,932 51,006,629 49,833,0

Payback time (year)
Lean feed 0.015 0.016 0.017 

Rich feed 0.016 0.018 0.018 
other process schemes mainly due to the benefit that it gets
from the self-refrigeration for most of the feed cases.

4.5.  Profitability  analysis

The profit analysis for all process schemes is made as shown
in Table 3. Profitability is made in such a way that the aver-
age values of the lean and rich feeds are taken for comparison
purposes. The gross profit is obtained from the total revenue
minus the total annual operating cost. The net profit is equal
to the gross profit minus  tax (30%) plus depreciation cost. The
payback time is evaluated by dividing the total annualized
capital cost to the net profit.

The trade-off between capital and operating cost is one of
the main criteria in selecting the best process scheme. Based
on this, the capital cost saving for IPSI-1 compared to base
case reaches 29.5% for lean and 32.5% for rich feeds. Similarly,
compared to base case, the operating cost saving for IPSI-1
becomes 4.3% (lean feeds) and 5.3% (rich feeds). It should be
noted that the IPSI-1 process schemes gives also the high-
est net profit for both lean and rich feed cases compared to
the other process schemes. On the contrary, the RSV pro-
cess scheme gives the lowest net profit compared to the other
process schemes. The costs of saving for the IPSI-1 process
scheme compared to ISS are 0.3% for lean and 2.4% for rich
feeds. The shortest payback time is observed for the IPSI-1
process scheme for both the lean and rich feed, while the RSV
process scheme has the highest payback time compared to the
other process schemes.

Here it should be noted that this work is based on a simu-
lation analysis by taking a certain common criteria. The cost
advantage obtained from the best performing process scheme
might be small compared to the others. Even in some cases,
the operating parameters held for the process schemes might
be a disadvantage as it may not show its best performance.

Thus, this requires optimization to be performed in order to
find the optimal operating conditions.

RSV IPSI-1 IPSI-2

917,608 520,292 828,681
960,539 564,947 884,197

7 2,435,678 1,371,146 1,485,587
5 6,659,960 4,649,075 5,630,725

48 68,052,653 63,822,215 67,406,086
95 54,359,207 48,226,101 52,629,502

1 2,434,822 8,664,181 3,379,560
16 22,624,974 31,667,400 25,173,139

91 68,051,797 71,115,251 69,300,059
76 70,324,222 75,244,426 72,171,916

84 47,636,258 49,780,675 48,510,041
54 49,226,955 52,671,099 50,520,341

0.019 0.010 0.017
0.019 0.011 0.017



chemical engineering research and design 9 1 ( 2 0 1 3 ) 1272–1283 1283

5

A
e
v
T
t
a
r
f
p
p
(
t
p
t
t
I
4
t
a
t
p
t
c

A

T
c
A

A

S
i

R

A

B

B

C

C

C

C

C

.  Conclusions

 simulation study for comparing representative NGL recov-
ry processes has been conducted by considering a range of
arious feed compositions classified as lean and rich feeds.
he effect of feed composition variation and its impact on

he economic analysis for the different process schemes have
lso been assessed. The ISS, GSP, CRR and RSV generally
equire more  refrigeration for rich feeds than lean feeds. Lean
eeds give a lower reboiler duty than rich feeds. The RSV
rocess scheme shows exceptionally higher recompression
ower consumption compared to the other process schemes

ISS, GSP, CRR, IPSI-1 and IPSI-2). The IPSI-1 process scheme
urned out the best process scheme in all regards of economic
erformance tested for both lean and rich feeds. Accordingly,
he capital cost saving for the IPSI-1 process scheme is more
han 29% for lean and 32% for rich feeds compared with the
SS. The operating cost saving from the IPSI-1 is more  than
% for lean and 5% for rich feeds compared with the ISS. Fur-
hermore, the cost of saving compared to ISS is 0.3% for lean
nd 2.4% for rich feeds. The IPSI-1 process scheme has also
he lowest total annualized cost (TAC) and payback time com-
ared to any of the other process schemes. On the other hand,
he RSV process scheme shows higher TAC and payback time
ompared to all the other process schemes.
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